Modeling Phenol Degradation in a

Fluidized-Bed Bioreactor

A study was made of phenol degradation by bacteria immobilized
onto particles of calcined diatomaceous earth in a draft-tube, three-
phase fluidized-bed reactor.

A mathematical model is used to describe simultaneous diffusion and
reaction of oxygen and phenol in the reactor. Kinetic parameters for the
growth of nonsupported cells were obtained in batch and chemostat
experiments. Liquid-solid mass transfer coefficients were determined
experimentally and showed good agreement with literature values for
conventional three-phase fiuidized beds. Experimental steady-state
degradation data were used to calculate biofilm substrate diffusivities.
These were found to decrease as the biofilm density increased.

The transition from phenol to oxygen-limiting biofilm kinetics pre-
dicted by the model was shown to exist experimentally. A critical ratio
of phenal/dissolved oxygen concentration was found at which this tran-
sition occurred. This provides a criterion for establishing whether
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increased aeration will increase the volumetric degradation rate.

introduction

Biological films are commonly used in waste water treatment
(trickle filter, rotating disk) as they provide several advantages
over freely-suspended cell systems. These include high biomass
concentration, increased resistance to toxic shock loadings
(Parkin and Spence, 1984), and higher volumetric throughputs
due to the independence of cell growth rate from reactor dilution
rate. Holladay et al. (1978) and Denac and Dunn (1987) have
compared packed- vs. fluidized-bed biofilm reactors containing
immobilized microorganisms and found the fluidized-bed reac-
tor to be more efficient in terms of volumetric degradation
capacity. Fan et al. (1987) have showed that the performance
for phenol degradation of a three-phase fluidized-bed reactor
fitted with a draft tube to promote the internal circulation of the
liquid and solid phases is superior to that of a conventional
three-phase fluidized bed.

In this work a three-phase fluidized-bed reactor (FBR) with
an internal draft tube is used to study the biodegradation of phe-
nol, mass transfer from the bulk liquid to the bioparticle, and
diffusion and reaction within the bioparticle. An ion exchange
resin is used to determine the liquid-solid mass transfer coeffi-
cient. A mixed microbial culture attaches itself to the solid sup-
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port particles by natural adsorption. The support particles used
are Celite R-632, a calcined diatomaceous earth produced by
Manville Corp., U.S.A. Steady states are established in the
FBR and a mathematical model is used to calculate the relative
diffusivities and effectiveness factors in the biofilm.

Previous workers in this field (Tang and Fan, 1987; Worden
and Donaldson, 1987) have proposed models describing mass
transfer and reaction in these types of reactors, but the range of
experimental validation of these models is limited to the case
when one substrate controls the reaction rate. In the present
work, conditions are varied so that the limiting substrate under-
goes a transition from phenol to oxygen. This allows the verifica-
tion of the two-substrate-limiting kinetic expression and estab-
lishes a criterion for determining whether the degradation rate is
oxygen- or phenol-limited.

Mathematical Model

A model describing the microbial degradation of phenol by
immobilized bacteria was developed along similar lines to the
one employed by Tang and Fan (1987). Liquid-solid mass trans-
fer was accounted for using mass transfer coefficients. Two sub-
strates, phenol and oxygen, were assumed to be simultaneously
diffusing into and reacting within the biofilm. Monod kinetics
for oxygen, coupled with a Haldane-type expression for the
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inhibitory effects of phenol, were used to describe microbial
growth.

There are three basic processes occurring in the biodegrada-
tion of phenol in a FBR:

a) Transport of oxygen from the gas phase into the bulk lig-
uid.

b) Transport of phenol, oxygen and other nutrients from the
bulk liquid phase to the surface of the biofilm.

¢) Simultaneous diffusion and reaction of phenol, oxygen and
other nutrients within the biofilm.

Process (a) was not considered in this work as the concentra-
tion of dissolved oxygen in the liquid phase was held constant by
adding oxygen to either nitrogen or air in the inlet gas as
required.

A pseudosteady state was assumed to exist in the FBR when
the concentrations of oxygen and phenol in the liquid phase and
the biomass loading on the support particles were constant over
a 24-hour period. Under these conditions, the concentration pro-
files of oxygen and phenol across the liquid film and within the
biofilm were assumed to be constant with respect to time. The
following assumptions were made in the development of the
model:

1. The FBR can be approximated as a completely-mixed sys-
tem. This assumption is reasonable in view of the recirculation
of the liquid and solid phases in the reactor. An experiment
using a pulse of dilute HCl as a tracer and monitoring the pH
showed that the reactor contents circulated compiletely every 6
seconds, and that the pulse was completely mixed with the reac-
tor contents after 30 seconds. The response time of the pH elec-
trode was measured as being less than 1 second.

2. Particle-particle and particle-wall collisions, together with
fluid turbulence, shear excess biomass off the solid particles so
that an equilibrium is reached between the growth rate of bio-
mass and the removal rate of biomass. It is this equilibrium that
is assumed to maintain the biomass loading constant at pseudo-
steady state. The validity of this assumption can be tested by
comparing the difference in phenol concentration between the
inlet and outlet streams with the amount of biomass produced. If
the assumption is valid, the amount of biomass produced should
be equal to the phenol consumed multiplied by the yield coeffi-
cient for biomass on phenol. This was difficult to do experimen-
tally as the biomass in the reactor effluent was present not as
freely-suspended cells but as flocs which had been sheared off
the bioparticles. These tended to settle in the overflow from the
reactor, making the determination of the biomass content in the
reactor effluent problematic. However, approximate measure-
ments showed a good agreement (within 20-30%).

3. The “free” cells sloughed off the bioparticles make only a
negligible contribution to the overall degradation rate. This
seems reasonable in view of the relative holdup of immobilized
biomass in the reactor being typically in the range 2-4 kg - m~*
compared to the holdup of suspended biomass which was in the
range of 0.040-0.080 kg - m~ and also the fact that the reactor
was being operated at a dilution rate approximately six times
greater than p,, of the cells.

4. The Celite particles were assumed to be spherical and the
average particle diameter was used in all calculations involving
the particle size.

5. The biomass forms an even coating on the outside surface
of the Celite particlés: i.e., the cell growth within the pores is
insignificant (electron microscopy showed no cells growing in
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the interior of the particles), and the biofilm is a homogeneous
phase.

6. The growth-limiting nutrients are phenol and oxygen. All
other nutrients are present in excess. The growth kinetics are
assumed to follow Monod kinetics with respect to oxygen and
substrate-inhibited kinetics with respect to phenol. The expres-
sion for the specific growth rate as a function of substrate con-
centrations is thus:

_ MmaxS C
(S + K, + S*/K; ) (C + K,)

[ M
The consumption of substrates for cell maintenance energy is
assumed to be insignificant.

7. Immobilization of the cells into the biofilm does not
change the kinetic parameters describing the rate of growth: i.e.,
Eq. 1 describes growth of free or immobilized cells equally well
and with the same constants.

8. The ratio of D,;/D,, is the same as the ratio D;;/D,, i.c.,
the diffusivities of oxygen and phenol are reduced to the same
extent in the biofilm.

9. The Celite remains totally inert during all experiments
and does not adsorb phenol.

Under the above assumptions, a mass balance for phenol over
the FBR can be written:

Riges = Q(S; — S5) (2)

A mass balance over a thin shell of the biofilm leads to the
following equations describing the concentration profiles of phe-
nol and oxygen, respectively:

P )| S ) €
Ydrt " r\dr]| Yy, (S + K, + SYK) (C + K,)
d’C 2(dC\] o, HenarS <
¢ 2da\l 4
Do/[afr2 T (dr)] Yo (S + Ko + S*/K) (C + K,) @

The corresponding boundary conditions for these equations are:
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Equations 2-7 can be rewritten in terms of dimensionless vari-
ables as follows:
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The phenol degradation rate can be found after Eq. 8-12 have
been solved by integrating the reaction rate over the biofilm for
a single bioparticle and multiplying by the number of particles
in the reactor, e.g.

Np Py r=rp+8
R:calc = Y f
xfs Tr=rp,
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This is equivalent to calculating the flux at the surface of the
bioparticles, e.g.

das
RsCaIc = Ap ks (Sb - S:) = Ap Ds/(E)’,‘r (14)

where
Ap =N, 4w {r, + 5)*

Thus two values can be arrived at for the overall phenol deg-
radation rate:

1. R, 1s given by Eq. 2.

2. R, is given by solving Eq. 8-12 and using the resulting
concentration profiles to obtain R, via Eq. 13.
With two values for the phenol degradation rate, one or more of
the system parameters can be adjusted until the two rates are in
agreement. Two approaches have been used in different parts of
this work:

Method A: finding the relative diffusivity, D;/D,, from
the experimental data

In an experiment S, and C, are measured and fixed at their
respective steady-state values. The actual phenol degradation
rate is then given by Eq. 2, R, The diffusivities of oxygen and
phenol are adjusted relative to their values in water, until the
values of R, obtained by solving Eq. 8-12 followed by Eq. 13,
agrees with R .

Method B: predicting phenol concentration assuming
Sfixed C, and known D;/D,,

Assuming the values of C, and Dy/D,, are known, it is possible
to find, by solving Eq. 2 and 8-13 iteratively, a value for S,
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which makes both phenol degradation rates, Ry, and R,
equal. This value can then be compared to the experimentally-
measured value.

Numerical methods

Equations 8-12 comprise a nonlinear, boundary value prob-
lem. This was solved using the method of orthogonal collocation
(Villadsen and Michelson, 1978; Finlayson, 1980). The set of
nonlinear equations for S* and C* at the collocation points were
solved using a National Algorithims Group (NAG) (U.K. Ltd)
routine COSNBF. This routine uses a modification of the Powell
hybrid method (Powell, 1970). An accuracy of 5.0 x 107° was
specified for the solution of these equations. A continuation
facility was included to obtain the initial solution. Iterations
were performed until the calculated and observed rates of phe-
nol degradation agreed to within 0.1%.

Experimental Materials and Methods
Microbial culture and inoculum

Three strains of bacteria reported to be capable of utilizing
phenol as the sole carbon and energy source were obtained from
the National Collection of Industrial Bacteria (U.K.) Ltd.
These were NCIB 8250 (Acineobacter sp.), NCIB 10535 (Pseu-
domonas sp.), and NCIB 1015 (Pseudomonas sp.). These
strains were revived from freeze-dried samples and stored on
agar plates containing 50 mg - L' phenol. An inoculum was
prepared from these stored samples by growing a loop of each in
100 mL of growth medium overnight or until ail phenol had
been metabolized. The samples were then mixed together and
used to inoculate the FBR.

Growth medium

The growth medium used had the constituents listed in Table
1, made up to volume using tap water. Sterile conditions were
not maintained in this work. Concentrated phenol was added to
the medium as it flowed to the reactor to provide a synthetic
wastewater with a phenol concentration between 65.0 and 132.0
mg - L\

Matrix for cell immobilization

The solid matrix to which the microbes attached themselves
by natural adsorption was a calcined diatomaceous earth, Celite
R-632 produced by Manville Corp. (U.S.A.). This chemically-
inert matrix consists of diatomaceous earth diatoms which are
broken up and then recalcined to give controlled pore sizes and
particle diameters. The chemistry of microbial adhesion to sur-
faces is as yet not very well understood; however, previous work
has shown that Celite particles are suitable for immobilizing a

Table 1. Growth Medium

Constituent Conc. mg-L™!
Potassjium Dihydrogen Orthophosphate KH,PO, 420
Dipotassium Hydrogen Orthophosphate K,HPO, 375
Ammonium Sulfate (NH,),SO, 244
Sodium Chioride NaCl 15
Calcium Chloride CaCl, 15
Magnesium Sulfate MgSO, 30
Ferrous Chloride FeCl, 2
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wide range of microbes (Caunt and Chase, 1988; Wang et al,,
1984; Robinson et al., 1985; Baker et al., 1984). The Celite par-
ticles were sieved on a mechanical vibrator for 20 minutes, and
the size fraction between 750 and 1180 x 10~ m was kept and
used herein. Before addition to the FBR, the Celite was washed
with tap water to remove fines and dust generated during han-
dling.

Phenol assay

Phenol concentrations were measured using gas chromatog-
raphy. A Philips PU 4000 chromatograph was fitted with a
1.52-m-long 4-mm-ID glass column packed with Porapack P
(mesh range 80-100). The carrier gas flow rate was set at 45
mL/min, which gave a sample analysis time of less than 7 min-
utes. By using sample volumes of up to 10 pL, phenol concentra-
tions down to 1.0 mg - L' could be detected with an error of
0.25 mg - L™'. Samples were withdrawn from the FBR using a
syringe and then filtered immediately through a 0.22-um filter
unit to remove any microbes present in the sample which would
decrease the phenol concentration by their degradative activity.
The peak on the chromatogram corresponding to phenol was
found to be symmetrical, and a linear relationship between peak
height and phenol concentration was established using calibra-
tion samples of known concentration.

Determination of biomass loading and biofilm thickness

The biomass loading in terms of the mass of dry biomass per
unit mass of Celite support was measured as follows: a sample of
biomass-laden particles (0.5-1.5 mL) was withdrawn from the
FBR and washed with 100 mL of distilled water to remove any
unattached biomass and any metal salts that could upset the lat-
ter stages of the procedure by giving up their water of crystalli-
zation. This sample was then transferred to a weighed sample
vial and placed in an oven at 110°C for at least 16 hours to
remove all unbound moisture. The sample vial was then weighed
and placed in a furnace at 600°C for 2 hours to burn off all the
biomass present, followed by reweighing. The biomass loading
was calculated as the difference between the two weighings
divided by the total weight of Celite present in the sample. No
correction was made for ash content. Duplicate samples were
taken for each determination and were found to vary usually by
less than 10%. Typical samples contained around 0.1 g of Celite,
and the average weight of Celite particle was determined from
the mean of over 200 particle weights as m, = 1.713 x 10™% g,
giving around 600 particles in each sample. A control sample
showed that the process did not affect the Celite particles.

The biofilm thickness was determined by measuring the mean
diameter of a sample of over 50 bioparticles removed from the
FBR on an Optomax V (Analytical Instruments Ltd, U.K.)
image analyzer. The video input was from a microscope, and the
individual particle diameters were measured by equating the
projected area on the analyzer screen to the diameter of a sphere
which would project an equal area. The sample was then dried
and placed in a furnace at 600°C to burn off the biomass and the
diameter remeasured. Measurements before and after biomass
removal were carried out with the particles under a constant
depth of water to negate any lens effects. The biofilm thickness
was calculated as half the difference in diameters between the
biomass-laden sample and the biomass-free sample. A series of
control experiments were conducted to test the error of this
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method of determining particle diameter, which was found to
average approximately 8 x 107 m.

Determination of kinetic parameters

The kinetic parameters describing the growth of the unsup-
ported microbial culture on phenol were determined from batch
growth experiments. A range of initial phenol concentrations
(from 20.0 to 500.0 mg - L~') were used as initial concentra-
tions in 250-mL shake flasks containing 95 mL of medium. An
inoculum for use in these experiments was obtained by growing
microbes present in the FBR effluent overnight in a growth
medium containing initially 100.0 mg - L~' phenol. Five mL of
this inoculum was added to each of the shake flasks which were
incubated on a Gallenkamp orbital incubator at 30°C and 200
rpm. The optical absorbance of the culture at 660 nm was mea-
sured at 40-50 minute intervals, and the specific growth rate
determined from the slope of a plot of log, (optical absorbance)
against time.

Determination of yield coefficients

The yield coefficients for growth of the microorganisms on
phenol were determined in a chemostat culture. A 1-L L.H. Fer-
mentation (U.K. Ltd.) Series 500 turbine-agitated fermenter
was used at dilution rates of 0.227 to 0.636 h~' and an inlet phe-
nol concentration of 200.0 to 220.0 mg - L™'. To start each run,
approximately 100 mL of settled microbial flocs were taken
from the outlet of the FBR and added to 900 mL of medium. Air
flow was set t0 2.67—3.33 x 107*m® . s~'. This was sufficient to
maintain the dissolved oxygen concentration above 4.5 mg -
L-!. The temperature was held at 30°C and the pH controlled to
between 6.7 and 6.9 by corrective addition of 1M HCl or 1M
NaOH. After the passage of a minimum of six fermenter vol-
umes of liquid, steady state was assumed to have been reached
and measurements of biomass and phenol concentration in the
fermenter medium were made. Biomass concentration in the
chemostat was determined by filtering a 50-mL sample through
a preweighed 0.22-um filter paper. The paper was dried at
110°C and the dry weight of biomass in the sample determined
by reweighing. Oxygen concentration in the offgas was mea-
sured using a Sybron Taylor paramagnetic oxygen analyzer.
The gas flow rate and the change in oxygen concentration
between the inlet and outlet streams could thus be used to calcu-
late the rate of oxygen uptake.

Fluidized-bed reactor

Equipment. A diagram of the FBR is shown in Figure 1. The
reactor had a volume of 1,200 mL, was constructed from per-
spex, and consisted of a 50-mm-ID reaction zone 1,680-mm-
high fitted with a 29-mm-ID draft tube 660-mm-high. A 70-
mm-1D, 80-mm-high solid-liquid separation zone at the top of
the reactor had an angled effluent discharge so that solids
entrained by gas bubbles escaping around the base of the baffie
and rising through the separation zone were not washed out of
the reactor. The pH was controlled as in the yield coefficient
experiments to between 6.7 and 6.9, and the temperature was
held at 30°C. The dissolved oxygen was measured with a gal-
vanic-type probe and controlled if desired by addition of oxygen
to either air or nitrogen, with the pressures regulated so that the
overall gas flow remained constant. Gas entered at the base of
the FBR via a Grade P40 (B.D.H., U.K. Ltd.) sintered glass gas
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Figure 1. Fluidized-bed reactor.
(1) Draft Tube Fluidized Bed Reactor
(2) Draft Tube
(3) Effluent Overflow
(4) Solid-Liquid Disengagement Zone
(S) Bafile
(6) Sintered Glass Gas Distribution Tube
(7) Temperature Controller
(8) pH Controller
(9) Dissolved Oxygen Controller
(10) Solenoid Valve
(11) Gas Flow Control Valves
(12) Gas Flow Meter
(13) Peristaltic Pump
(14) Growth Medium
(15) Concentrated Phenol Solution
(16) Acid
(17) Alkali

distribution tube which had a pore size range of 16 to 40 um. In
all experiments, the gas flow was high enough so that the reactor
was operating in circulating solids mode, i.e., at gas velocities
which were sufficient to create circulation of solids and liquid
between the draft and annular regions. The recirculating liquid
flow was typically of the order of 600 reactor volumes per hour.
The feed flow rate was typically two to four reactor volumes per
hour. Thus the recirculating flow ensured no short circuiting
took place between the feed and the overflow.

Start-Up of the FBR. 300-400 mL of inoculum were added to
800-900 mL of medium in the FBR. The phenol concentration
was bought up to 200 mg - L' by the addition of concentrated
phenol solution, and the system run in batch mode until all the
phenol had been utilized. Operation was switched to continuous
with a dilution rate of 0.15-0.25 h™' and a feed concentration of
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200.0 mg - L™! for a period of approximately 24 hours to allow
the microbial population to stabilize. Celite was then added to
the reactor and the system left for 4-5 days to allow the growth
of a biofilm before experiments were begun.

Steady-State Phenol Degradation in the FBR. Pseudosteady-
state conditions were assumed to exist in the system when the
phenol concentration, biomass loading, and biofilm thickness
remained constant over a 24-36-hour period. Five such steady
states were established, and the conditions prevailing in each are
given in Table 2. The volume fraction of bioparticles in all these
runs was 9.75%.

Effect of Dissolved Oxygen Concentration on FBR Perfor-
mance. In these runs the oxygen concentration was varied to
evaluate its effect on the phenol degradation rate with a con-
stant phenol load applied to the FBR. Starting with the steady-
state dissolved oxygen concentration obtained with air flowing
through the reactor, the gas flow was switched from air to nitro-
gen as required: i.e., when the desired setpoint for oxygen con-
centration was below the concentration established using air, the
main gas was changed to nitrogen and oxygen dosed into the gas
stream to control the dissolved oxygen at the desired level. Phe-
nol concentration was assayed every 15 minutes to determine
when the new steady state had been obtained.

Liquid solid mass transfer coefficient

For the mathematical model to be successfully applied,
knowledge of the liquid-solid mass transfer coefficients for phe-
nol and oxygen is required. The mass transfer coeflicients were
measured using an ion exchange resin following the method of
Sanger and Dewcker (1981). lon exchange processes involving
beads of ion exchange resin in a packed bed or suspended in a
liquid can be rate limited by liquid-solid mass transfer, diffusion
within the beads, or the reaction kinetics of the ion exchange
process itself. Helfferich (1962) provides the following dimen-
sionless group to determine whether the main resistance to ion
exchange is in the mass transfer step or internal diffusion:

¢4

XDXN2 2
- (5 (15)

= 4+ —
CDedp Kba)

The system Na*/H™ was used in this work, and we can calcu-
late the value of @, assuming D, = 1.33 x 10™° m?. s~' (Atkins,
1986),as: D, = 4.5 x 107" m?* . s~! (Helfferich, 1962); K, = 1.2
(Bauman and Fichorn, 1947); X = 1.9 mol - L' (trade litera-
ture); ¢ = 0.0001 mol - L™ X = 0.1 x 107*m;and d, = 9.25 x
10~* m (measured). This gives & = 93. Thus, since o »» | for the
system and conditions used herein, mass transfer is the rate-lim-
iting step, and the rate of concentration change of ions in the

Table 2. Steady-State Conditions

Steady- Liquid Flow Gas Flow S, Cy

State (ms™") (m?.s7") (kg-m™%) (kg-m™)
No. x 107 x 10° x 10° x 10°

I 9.07 150 82.7 4.69

2 10.23 15.0 92.3 4.24

3 8.65 15.0 131.7 4.54

4 9.22 15.0 108.5 5.58

5 9.3% 15.0 83.0 6.25

Vol. 35, No. 12 AIChE Journal



bulk liquid can be written as:

e _ 16
i La(c — ¢;) (16)

This expression can be integrated to give:

c— ¢

In = —k,aAt (17

Co = G

During the early stages of the ion exchange, the concentration at
the surface of the resin bead is negligible (i.e., ¢; = 0) and:

2.303 ApH
k= ————
a At a8)
where a is calculated from:
6
a--2 (19)
dP

¢, was assumed to be equal to 0.65 of the settled volume of the
resin divided by the reactor volume. Thus the liquid-solid mass
transfer coefficient could be calculated from a knowledge of the
initial slope of the pH vs. time curve when a pulse of dilute HCI
was injected into the FBR.

The gas flow rate in the FBR during the mass transfer experi-
ments was the same as that used during the steady-state runs,
ie,15x 107°m’ . s™', which gives 1, = 0.903 x 1072 m . s7".
Dowex 50-X8 (Na* form) ion exchange resin beads were
allowed to swell and then size fractionated by settling in water to
give a narrower size distribution (The original size distribution
of the beads was 0.3-1.15 mm). The particle size of a sample of
100 of these fractionated beads was measured using the Opto-
max V. A measured volume of beads (90 or 180 mL) was added
to distilled water in the FBR. The pH at the start of each run
varied between 6.6 and 5.0. A pulse of 10 mL of dilute HCl was
added to the FBR over a 12-second interval to counter the effect
of the liquid circulation producing oscillations in the pH read-
ing. The pH was monitored and the initial slope of the pH versus
time curve evaluated from a chart recorder trace. The experi-
ment was performed at least 3 times at each of the two Solids
loadings.

Results and Discussion

Liquid-solid mass transfer coefficient: experimental
values vs. correlation for a conventional FBR

The results of the experiments performed to establish &, are
given in Table 3. The particle diameter d, of the ion exchange
resin was found to be 925.0 x 107° m with a standard deviation
of 187.0 x 10~*m. It is assumed that the effect of the size distri-
bution is not significant. The mass transfer coefficient was inde-
pendent of the solids volume fraction over the range tested.

Table 3. Results of Mass Transfer Experiments
Vol. Frac. a ApH /At k,
Resin Beads (m?/m?) 57! (m-s71)
5.0% 316.0 0.023 + 0.001 1.67 x 1074
10.0% 732.0 0.046 = 0.009 1.67 x 107*
AIChE Journal

No correlations have been published for the liquid-solid mass
transfer coefficient in a FBR equipped with a draft tube. Tang
et al. (1987) performed a single experiment using beads of ben-
zoic acid in a draft tube FBR and found close agreement
between their measured value of k, and a value obtained from a
correlation published by Arters and Fan (1986) for a conven-
tional FBR. In order to compare the mass transfer coefficient
determined herein with correlated values for conventional
FBR’s, the interdiffusion coefficient for the Na*/H* system
was calculated according to Helfferich (1962) as:

Dy = 2L (20)
The correlation given by Arters and Fan is:
ed*\0:2
Sh = (2.0 + 0.6955c°%) (——") 2n
v

where ¢ is calculated from

€=ug (22)

This correlation predicted a mass transfer coefficient of 1.4 x
107" m . 57! for the Na*/H™ system, which is in reasonable
agreement with the value of 1.7 x 107* obtained experimental-
ly. The specific gravity of the ion exchange resin is approxi-
mately 1.23. The specific gravity of the bioparticles was deter-
mined by measuring the settling velocities of 50 particles which
had a biomass loading of 0.110 kg - kg™, and using the relation-
ship between drag coefficient and Reynolds Number found by
Lapple and Sheppard (1940) and given in Perry (1984) to calcu-
late the particle density, p,, which gave p, = 1.157. It was thus
assumed that the slip velocity and fluid mechanical environment
surrounding the two types of particles were similar. Thus the
correlation (Eq. 21) was used to predict the mass transfer coeffi-
cients of phenol and oxygen, giving k, = 0.66 x 10™*m - s™'and
k,=1.37x10™*m.s".

Kinetic parameters of microbial growth

The specific growth rate in each shake flask was determined
by plotting graphs of log, (optical absorbance) against time over
the initial period of cell growth. Small inoculums were used so
that the substrate concentration could be assumed constant in
this initial growth period. This assumption was tested by moni-
toring the phenol concentration using absorbance at 270 nm as a
direct *“quick” test. Although inaccurate at concentrations of
phenol under 10.0 mg - L™, it was used to ensure that all points
used in the logarithmic plots were derived from samples taken at
times when the phenol concentration was at least 70% of the ini-
tial value. The variation of u with S obtained from these experi-
ments is shown in Figure 2.

The Haldane equation for substrate-inhibited growth was fit-
ted to the data of u as a function of S using a nonlinear least
squares technique (NAG routine E04 FDF). The data yielded
the following parameters: gp.. = 0.418 h™! (1.161 x 107%7");
K, =29mg . L' (00029 kg - m™%); K, = 370.0 mg - L'
(0.370 kg - m™?). These values agree reasonably well with the
values obtained by Yang and Humphrey (1975)
(K,=2.38,K;=1060 mg- L") and Hill et al. (1975)
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Figure 2. Results of shake flask experiments to determine cell growth parameters at 30°C.
(@) Experimental data; (----- ) haldane substrate inhibition function fitted via least squares. The parameters obtained are: gy, = 0.418 h''; K, = 2.29

mg-L K, ~3700mg. L'

(K, < 10,K;,—470.0 mg - L"), for the growth of Pseudo-
monas putida on phenol at 30°C.

When using a nonsterile system which is inoculated with
three different microbial strains and operated as a continuous
culture it is likely that the microbial population will be a mixed
culture. Thus it is difficult to make a valid direct comparison of
the kinetic parameters obtained in this study with those
obtained in another. The effect of the value of K| is minimal on
the results calculated below as the substrate concentrations do
not reach high enough levels to cause any significant inhibitory
effects in any of the steady states established. K, on the other
hand, has a marked cffect on the calculated concentration pro-
files in the biofilm. For example, for steady-state run 2 a 20%
variation in K, from the experimentally-determined value of
2.29 mg - L™’ causes a 13% variation in the calculated valuc of
the relative diffusivity. However, since the inoculums used in the
shake flask experiments were taken from the FBR reactor itself,
the parameters obtained from these experiments are assumed to
be the best estimates and are used in all the following calcula-
tions.

The value of the Monod constant for oxygen, K,, was not
determined in this study. This parameter becomes important
when the phenol degradation rate is limited by the oxygen con-
centration. Atkinson and Mavituna (1983) list values of K, for
microorganisms in the range of 0.4-0.0001 mg - L~'. Recently
Wagner and Hempel (1988) have experimentally determined
the K, for Pseudomonas sp. A3 growing on napthalene sulfonate
as 2.6 mg - L' at 30°C. Since napthalene sulfonate and phenol
are both aromatic compounds, and Pseudomonas bacteria were
used in both studies, a value of 0.26 mg - L™ (0.26 x 107 kg -

m~?) has been assumed in this work.

1986 December 1989

The experiments to determine yield coefficients used the che-
mostat. The value of Y, obtained in this work was Y, =
0.60 + 0.12 kg biomass - kg phenol ~'. This agrees well with Y,
values reported in the literature for microorganisms growing on
phenol [Hill et al. (1975), 0.52; Palowsky and Howell (1973),
0.545-0.616; Yang and Humphrey (1975), 0.585]. The value of
Y, was 1.29 = 0.16 kg oxygen - kg phenol~'. This is in good
agreemcnt with the values obtained by Tang and Fan (1987) of
1.4 and Klein et al. (1979) of 1.36. The value of Y, was
obtained by dividing Y,/ by ¥, to give 0.465 kg biomass - kg
oxygen~'. Assumption 6, in which cell maintenance is negligi-
ble, is validated by the results for the yield coefficients at vary-
ing dilution rates, which indicated no apparent correlation
between yicld and dilution rate. Wall growth was observed in
some of the chemostat runs, but no correction was made for this
effect. The maximum stable dilution rate reached was 0.636
h™!, which is somewhat in excess of the g,,, for the culture of
0.418 h~'. This discrepancy is attributed to the presence of
immobilized cells in the fermenter as a result of wall growth.

Steady-state phenol degradation: relative diffusivity of
substrates in the biofilm

The cxperimental data gathered for the five steady state runs
are shown in Table 4. The biofilm dry density is calculated
from:

Lm,

T [, + ) = ) 29

Py

where r, is the radius of the biomass-free Celite particles aver-
aged over all the samples, found to be 509.0 x 107* m. The val-

Vol. 35, No. 12 AIChE Journal



Table 4. Steady-State Runs

S, S; L 8

Run kg-m~? kg-m~? kg-kg~! m by

No x 10° x 10° x 10° x 10° kg-m™ Dy/D, Bi, ]

1 2.55 1.17 64.9 23.1 141.3 0.88 1.98 0.475
2 4.05 233 85.3 22.1 194.5 0.30 5.76 0.306
3 12.02 10.07 105.6 24.4 2170 0.05 34.46 0.178
4 5.84 4.07 116.7 26.2 2226 0.12 17.24 0.181
5 3.79 2.40 114.5 26.2 218.5 0.16 12.26 0.179

ues of D,/ D, and S;/S, were calculated following Method A out-
lined previously. D,, and D,, are taken as 0.87 x 107° and
2.54 x 10 m? . s~' at 30°C, respectively (Washburn, 1926).

The calculated concentration profiles in the biofiim for run 2
are shown in Figure 3. It can be seen from this figure that the
concentration of phenol approaches zero at the surface of the
Celite particle (x = 0.0), while the concentration of oxygen
reaches a steady finite value. In this particular run, phenol can
be considered as limiting the reaction rate. This was true for all
the runs except run 3, which was limited by oxygen.

The values of p, lie in a similar range to those obtained by
Tang and Fan (1987) for bacteria growing on activated carbon
particles in a similar reactor (70-151 kg - m~%). In the initial
start-up period of the FBR, a lower gas flow rate of 11 x 107°
m® - 57! was used. A bulky, fibrous biofilm with trailing tendrils
was observed to grow until a biomass loading of 0.154 kg - kg™’
was reached. At this point the gas flow rate was increased to
20 x 107®m?® - s~! for a period of 3 days, after which the bio-
mass loading had decreased to 0.04 kg - kg~'. The biofilms at
this stage were observed to be smooth. The gas flow rate was
then set to the value of 15 x 107 m’ . s7' used during the

steady-state runs. Thus it would seem that the nature of the bio-
film and its density depend heavily on the conditions of shear in
the FBR. Formation of a smooth dense biofilm is favored by tur-
bulent conditions.

It can be seen from the values of S; in Table 4 that the liquid-
solid mass transfer accounts for a large portion of the transport
resistance. The effect is less marked at higher biofilm densities
which have lower relative diffusivities, D,/D,. The Biot number
for a species gives an indication of the relative importance of dif-
fusion vs. reaction. The Biot number for phenol, Bi,, is listed in
Table 4. It ranges from 2.0 to 34.3. This indicates that the mass
transfer resistance is important in limiting the overall rate of
reaction. In several previous models proposed for diffusion and
reaction in biofilms, the liquid-solid mass transfer has been
assumed to be negligible (Andrews and Chi-Tien, 1981; Park et
al., 1984; Wang and Chi-Tien, 1984; Worden and Donaldson,
1987). The results of this work would suggest that this assump-
tion may lead to significant errors.

Much work has been done on estimating the diffusivity of
oxygen and other substrates in microbial films and flocs. A sum-
mary of this work using microbial aggregates has recently been
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Figure 3. Calculated concentration profile in the biofilm for steady-state run 2 (——) §* (----) C*.
Hydrodynamic boundary layer thickness has been calculated as k/D,,.
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made by Libicki et al. (1988). The diffusivity has been found to
vary from between 2% to over 100% of the value in water with a
number of diffusing species. It would appear that the relative
diffusivity D,/ D, is a function of the thickness and density of the
microbial aggregates. Figure 4 shows D,/ D, plotted against the
biofilm density. As the density of the biofilm increases D,/D,
decreases from a value of 0.88 to approximately 0.05.

Libicki et al. (1988) used an inert tracer in a living biofilm to
determine D;/ D, as the cell volume fraction varies from 0 to 1
and found it decreased from 1.0 to around 0.25. The data col-
lected do not allow the cell volume fraction for the biofilms to be
determined, but although a direct compairson of the data cannot
be made, the results agree qualitatively. Tang and Fan (1987)
found that in a system comprising an FBR and a mixed micro-
bial culture grown on activated carbon particles, D,/ D, ranged
from 0.245 t0 0.086 as p, varied from 72 to 151 kg - m™>. The
results of this work are thus in good agreement with other stud-
ies.

A standard way of comparing the relative importance of dif-
fusion and reaction is to define an effectiveness factor, # where

actual rate of reaction

rate of reaction with no diffusional limitation
in this case # can be shown to be:

QS —Sy)
w HMmax Si Ci
Yx/xSi + K: + SIZ/KI Ci + Ka

(24)

The calculated values of # are given in Table 4. A plot of 0 vs.
p, is shown in Figure 4. As the biofilm density increases from
140.0 1o 220.0 the effectiveness factor decreases from a value
near 0.5 to a value of 0.18. This result is to be expected as higher

biofilm densities on the particles lead to lower diffusion coeffi-
cients in the biofilm as discussed above. This increases the role
biofilm diffusion plays in limiting the reaction rate.

Effect of dissolved oxygen concentration on the phenol
degradation rate: experiment vs. theory

In several studies of fluidized-bed biofilm reactors for the
degradation of phenol it has been noted that increasing the dis-
solved oxygen concentration results in an increase in the degra-
dation rate (Donaldson et al., 1984; Worden and Donaldson,
1987). Tang and Fan (1987) found that the phenol degradation
rate was independent of the dissolved oxygen concentration over
the range of conditions used in their work. The purpose of this
section was to determine experimentally the interdependence of
S, and C, at given phenol loading rates (Q - .S;) and to compare
the results with theoretically-obtained values.

It was found that, with the FBR running in an initial steady
state, when the dissolved oxygen concentration was altered a
new steady state was established within 40—-60 minutes. Figure 5
shows the measured phenol concentration varying as the dis-
solved oxygen level is altered. Thus conditions could be varied so
that several steady state S,, C, combinations could be deter-
mined over a period of several hours. The biofilm properties
(L, p,) were measured at the beginning and end of the series of
experiments and found to be constant. Plots of .S, vs. C, at two
different phenol loadings are shown in Figures 6a and 6b.

As the oxygen concentration in the bulk liquid is decreased,
there is an initial range over which the phenol concentration is
unaffected. This region corresponds to phenol being the limiting
substrate in the biofilm, and Eqgs. 3 and 4 can effectively be writ-
ten:

d’S  2dS  py HeuS
— t — == 25
dr* rdr Y, (S+K,) (25)
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1988

December 1989 Vol. 35, No. 12

AIChE Journal



R T l § S Y S § l I I T | l

il

50

40

30

Phenol S, (mg )

20

10

IlLlllllllllLlllllllll]llIl

1 1 L l 1 L i 1 l A P Y 20

Dissolved Oxygen C, (mg )

Time {minutes)

Figure 5. Response of measured phenol concentration S, (@) to controlled dissolved oxygen concentrations C, ().
Phenol loading rate (Q - S;) - 1.0 x 107 kg « s™". Flow rate, 0 = 9.22 x 10" m* - s~ ".

L0 1 i S ‘AL_‘{*
100 r
— n (a) r
‘@
E w -
& : :
5 48 -
e .
S L
£
o 28 . f
] T T T T T T T T ¥ T Al T T
@ 2 4 & 8 10
Dissolved Oxygen C, (mg )
120 P 1. | o
]
180 ]
& e (b)
o
£ ]
= e d
o b
(%) p
S 40 .
e ]
@
oy
2 5 .
[} LR S S T T T T T
e 2 4 & 8 10

Dissolved Oxygen C, (mg !}

Figure 6. Phenol concentration as a function of dissolved
oxygen concentration at fixed phenol loading
rates Q - S,.
(@) Experimental data (——); theoretically-predicted curve with
parameters as listed in Tabie 5.
(a)Q-S,~1.0%x10"kg-s™'
b/ Q S =078x10"kg-s"’

AIChE Journal

December 1989 Vol. 35, No. 12

d*c N 2dC  p,  Hpa S (26)
N Yx/o (S + Ks)

since the reaction is zero-order w.r.t. oxygen (C, » K,) and the
inhibitory effect of phenol is not important (S, « K;). As C, is
progressively decreased, the rate of reaction changes from being
limited by phenol concentration to being limited by the dissolved
oxygen concentration. However, the rate of reaction is not zero
order with respect to phenol because, while S; » K, the inhibi-
tion term S?/K; becomes increasingly important. The flow rates
of gas and liquid for these two runs, Figures 6a and 6b, are the
samec as those for steady states 4 and 3, respectively and are
listed in Table 2.

The theoretical curves shown in Figures 6a and 6b were cal-
culated using Method B given previously and assuming the
parameter values listed in Table 5. They are seen to be in reason-
able agreement with the experimental data. One reason why the
theoretical curves do not give a better agreement could be that
the value of the Monod constant for oxygen, K, obtained from
the literature and assumed to apply to this study, could be inac-
curate. Figure 7 shows the effect of varying K, on the theoreti-
cally-determined curves. The parameter values are the same as
those listed in Table 5 except for K,, which is as given. It would
seem from this figure that a value of K, higher than 0.26 mg -
L' (0.26 x 107> kg - m™?) gives better agreement between the
experimental data and theory. More experimental work is
required to determine K, specifically for this sytem and to verify
that a better fit can be obtained using independently-determined
values of K,. It is, however, encouraging to note that the transi-
tion predicted by the dual substrate-limiting kinetic model has
in fact been verified experimentally.

A cricital value of S,/ C, was found to exist for the transition
from oxygen-limited to phenol-limited biofilm kinetics. At val-
ues above the critical ratio, S, increased rapidly as C, decreased,
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Table 5. Model Parameters for Figures 6 and 7

Parameter Value Units
Dy 0.356 x 107° m’s™!
Dy 0.125 x 107° m’s™!
Himax 1.161 x 1074 57!
K, 2.9 x 107° kg-m~?
K; 370.0 x 107° kg-m™*
K, 0.26 x 10°? kg-m™*
Yo 0.6 kg-kg™!
Yo 0.465 kg-kg™!
k, 0.66 x 107* m.s™'
k, 1.37 x 107* m.s™!
N, 2.245 x 10° —
r, 509.0 x 107° m
] 26.1 x 107° m
Py 6a-222.6

6b & 7-218.5 kg-m™?

while below the critical ratio changes in C, left .S, unaffected
(Figures 6 and 7). This critical ratio was found experimentally
to be in the range of 0.9-1.1. Donaldson et al. (1984) used pure
oxygen to maintain Cyat | to 2 mg - L™' and noted that using air
caused an increase in .Sy, which was in the range 2 to 58 mg -
L~". Thus the ratio S,/C, is in the range 1-58, and one would
expect S, to be sensitive to changes in C, caused by changing
from pure oxygen to air. Tang and Fan (1987) employed C,
from5.8t08.4mg - L' and S, from 2.69106.49 mg - L', and
noted that in their work the degradation rate was independent of
Cy. Thus S,/C, was in the range 0.32 to 1.0 and S, would be
expected to be largely unaffected by changes in C,. Thus the
critical ratio of S,/ C, for transition determined in this work can

be successfully used to explain the differing findings of other
workers regarding the effect of dissolved oxygen concentration
on the phenol degradation rate.

Conclusions

Microaorganisms immobilized onto Celite diatomaceous earth
particles were used to study phenol biodegradation in a draft-
tube, three-phasc fluidized-bed reactor.

In the absence of any correlations specifically obtained using
a draft-tube FBR, correlations determined in a conventional
FBR may be used to predict the liquid-solid mass transfer
coefficients in a draft-tube FBR system. The error between £,
calculated from a correlation for conventional FBR’s and k,
determined experimentally in this work was found to be approxi-
mately 20%. The Biot number for phenol was found to lie in the
range 2-34. In four out of five runs, the phenol concentration at
the surface of the biofilm was found to be less than 70% of the
concentration in the bulk liquid. Thus it would seem that for this
system the mass transfer coefficient is an important parameter
and should not be overlooked.

The biofilms grown in this work exhibited a high density,
which led to hindered diffusivity of oxygen and phenol within
the biofilm. D/ D,, decreased from 0.88 to 0.05 as the biofilm
density increased from 141 to 217 kg - m~>. This trend has been
observed in other work. The effectiveness factor describing the
diffusion and reaction of phenol in the biofilm decreased from
0.48 to0 0.18 as the biofilm density increased from 141 to 217
kg - kg~'. This decrease is attributable to decreasing diffusivity
at higher biofilm densities.

A transition from oxygen-limited to phenol limited biofilm
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Figure 7. Effect of the Monod constant for oxygen on the transition from oxygen limited to phenol limited biofilm

kinetics.

Phenol loading rate, Q - S, = 0.78 x 1077 kg - s™'; (@) experimental data (——) theoretical curves calculated with parameters in Table 5 except for K,
which is as follows: (1) 0.1 x 107 kg - m ™% (2) 1.0 x 10 kg - m™% (3) 10.0 x 10~ kg - m~®
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kinetics was found to occur experimentally when the ratio of
phenol concentration to oxygen concentration in the bulk liquid,
S,/C,, was in the range 0.9-1.1. The mathematical model pro-
posed to describe the steady-state biofilm behavior predicts this
transition reasonably well. Varying the assumed Monod kinetic
constant for oxygen leads to even better agreement, and more
experimental work is necessary to determine the actual value of
this constant. This experimentally-determined transition be-
tween phenol-limiting and oxygen-limiting kinetics demon-
strates the validity of the dual-substrate-limiting kinetic expres-
sion employed. It further explains the apparently differing
findings of other workers regarding the effect of the dissolved
oxygen concentration on the phenol degradation rate.

The significance of the critical ratio for the limiting substrate
transition lies in its application to the economics of aerobic bio-
reactions. The cost of aeration may be significant in such an
operation. The existence of this critical ratio implies that there is
a point beyond which there is no return in volumetric reaction
rate to be realized from investing in further aeration. A mathe-
matical model such as the one used in this work can aid in evalu-
ating where the most economic operating regions lie.

Notation

@ = volumetric interfacial area of ion exchange beads, m*/m*

Bi, = dimensionless group, &, /D,

Bi, = dimensionless group, k, 6/D,

¢ = ionic concentration, mol - L™}

¢, = initial ionic concentration, mol - L™!

¢; = ionic concentration at resin surface, mol - L'

C - dissolved oxygen concentration in biofilm, kg - m~

C, = dissolved oxygen concentration in the bulk liquid phase,

kg - m™*

C, = dissolved oxygen concentration at the interface between a bio-

particle and the bulk liquid, kg - m™*
C* = dimensionless dissolved oxygen concentration, C/C,

d, = diameter of ion exchange bead, m

D - diffusion coefficient, m? - 5!

D, = diffusion coefficient of ion in free solution, m* - s~

Dy = diffusion coefficient in biofilm, m” - s™"

D; = diffusion coeflicient within ion exchange resin, m” - s
D, = diffusion coeflicient of oxygen in biofilm, m? - s
D,,, = diffusion coefficient of oxygen in water, m* . s~
D,; = diffusion coefficient of phenot in biofilm, m’ - s~
D,, — diffusion coefficient of oxygen in water, m? - s~

D, = diffusion coefficient in pure water, m* - 5!
D, D, = diffusion coefficient of ionic species 1 or 2, m* « s
D,, = interdiffusion coefficient
g = acceleration due to gravity, m - s
k = mass transfer cocfficient, m . s7!
k. = liquid-solid mass transfer coefficient for ion exchange,
m-s”
k, = liquid-solid mass transfer coefficient for oxygen, m - s
k, = liquid-solid mass transfer coefficient for phenol, m - s~
- partition coefficient for ion exchange resin

K, = inhibition constant for phenol, kg - m™*

K, — monod constant for oxygen, kg - m™
K, = monod constant for phenol, kg - m~?

K ¥ - dimensionless inhibition constant for phenol, S,/K;
K¥* = dimensionless Monod constant for oxygen, K,,/C,
K ¥ = dimensionless Monod constant for phenol, K, /S,

L - biomass loading, kg - kg™
= mass of a single biomass-free bioparticle, kg
N, = number of bioparticles in FBR
Q - flow rate of synthetic waste, m* - s
r = radial coordinate in biofilm, m
= radius of biomass-free Celite particle, m
R, — Observed rate of phenol removal in the reactor, kg - s
Ry = calculated rate of phenol removal in the reactor, kg - s~

S = phenol concentration in biofilm, kg - m~3
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S, = phenol concentration in the bulk liquid, kg - m™*
S; = phenot concentration in inlet synthetic wastewater, kg - m~*
S; = phenol concentration at the interface between a bioparticle
and the bulk liquid, kg - m~3
S* = dimensionless phenol concentration, S/S,
Sc = Schmidt number, v/D
Sh ~ Sherwood number, k d /D
t = time, §
u, = superficial gas velocity, m - s
W = total biomass in reactor, kg
x = dimensionless distance, 7 /r,/3
X = concentration of ion exchange groups in resin beads,
mol - L'
Y,/s = yield coefficient, kg oxygen - kg phenol '
Y, /s = yield coefficient, kg biomass . kg phenol ™'
Y, /o = yield coefficient, kg biomass kg oxygen !

-1

Greek Letters

a = dimensionless group for ion exchange
¢ = specific energy dissapation rate, m* . s~
¢, = particle volume fraction of ion exchange beads
6 = biofilm thickness, m
v = kinematic viscosity, m? - s
# = effectiveness factor
p. = biofilm density, kg - m~
u = specific growth rate of biomass, s™!, h™'
Mmax = Maximum specific growth rate of biomass, s™', h™"
¢, = dimensionless modulus for oxygen
¢, = dimensionless modulus for phenol
A = stagnant film thickness in ion exchange, m

3

-1
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